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Abstract

A kinetic model is proposed in order to quantify product distribution in the ring-opening (using high hydrogen concentration in the reaction
medium) of methylcyclohexane (MCH) over a catalyst based on HZSM-5 zeolite. The model is based on a reaction scheme proposed by Cerqueira
et al. for methylcyclohexane cracking at atmospheric pressure, which has been modified in order to include the effect of hydrogen over the
individual reaction steps. The experimental results used for estimating the kinetic constant were obtained in a fixed bed isothermal reactor in a wide
range of conditions, i.e. 250-450°C; WHSV =0.5-10.5h""! (t=0.095-2 gc,s hgmcn~'); pressure = 5-80 bar; H,/MCH molar flow ratio =4-79;
conversion =0-100%. The kinetic model proposed can be regarded as a basis for the proposal of models for ring-opening reactions of more
complex naphthenic feedstock from a prior hydrogenation step involving aromatic refinery streams of secondary interest.

© 2007 Elsevier B.V. All rights reserved.
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1. Introduction

The trend in the market evolution of refinery products requires
greater production of light olefins, whose demand is increasing
due to their use as raw materials in the production of plastics. The
greater production of these streams also leads to an increase in
the production of streams of secondary interest and, particularly,
of aromatic ones [1].

Amongst the alternatives for the transformation of aromatics
into streams of commercial interest, hydrotreatment is a versa-
tile process with increasing implementation in refineries [2,3].
The process may be carried out in a single step of hydrocracking
(HYC) or in two steps in series, the first being hydrogenation
(HYD) and the second one the ring-opening of the naphthenes
produced in the first step. This two-step route has been studied in
detail by Weitkamp et al. [4] as an integrated process in the steam
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cracker, with the aim of transforming pyrolysis gasoline (PyGas,
secondary interest stream because of its high aromatic content)
into Cy4 n-alkanes, which are an optimum feedstock for return-
ing to the steam cracker unit [5]. In the ARINO® (Aromatic
RINg Opening) two-step process, naphthene conversion and the
composition of the product stream, which should be constituted
mainly by isoalkanes or Cy, n-alkanes, are a consequence of the
operating conditions of the second step (ring-opening) and of
the acidity of the catalyst (prepared based on a HZSM-5 zeolite)
[6-8].

Methylcyclohexane has been extensively adopted in litera-
ture as a model molecule in the cracking of naphthenes with
[6,9,10] and without [11-13] hydrogen, using in the latter sim-
ilar conditions as in the FCC unit. Indeed, MCH is a product
of toluene hydrogenation, which is the component in the BTX
(benzene, toluene and xylenes) with higher surplus foreseen and
lower hydrogenation rate compared with benzene.

The cracking of MCH is an irreversible endothermic reac-
tion that is favoured by increasing temperature, hydrogen partial
pressure and catalyst acidity [4,7,12]. In the presence of hydro-
gen, HZSM-5 zeolite activates the intervention of hydrogen
in the cracking mechanisms by promoting non-classical (Haag
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Nomenclature

CMR  cracking mechanism ratio, Eq. (3)

E; activation energy of step i in Fig. 5

Feale, Fexp value of the objective function, Eq. (9)

ki kinetic constant of step i in Fig. 5

m; mass flow-rates of lump or compound 7, kg s~!
Nexp number of experiments, Eq. (9)

P; partial pressure of compound i, bar

in, Qﬁ;‘ mass flow of hydrocarbons in the reactor inlet

and outlet, kg s™!

SSR sums of squared residuals of regression, Eq. (9)

WHSV  weight hourly space velocity, h™!

X; mass fraction of lump or compound i, g; gtotal’l

X conversion of MCH (%)

Vi mass fraction of lump or compound i, g; gne ™"

Y; yield of lump or compound i, see Eq. (2), wt%

Greek letters

o hydrogen reaction order

S parameter of correction of the mass balance, Eq.
ey

T space time, gca h gvch ™!

Subscripts

A, C, I, P, M, H, aromatics, cycloalkanes, isoalkanes,
paraffins (Co4 n-alkanes), methane and hydrogen

Cy, C,,1C4 methane, ethane, isobutane

MCH, cat methylcyclohexane and catalyst

Dessau or protolytic-scission of a carbonium ion) and classical
mechanism (hydride transfer step to a carbenium ion followed
by B-scission). The protolytic cracking is the prevailing mech-
anism promoted by HZSM-5 zeolite without hydrogen [14,15]
while classical cracking has a smaller relevance in the absence
of hydrogen on a HZSM-5 zeolite than on a HY zeolite due
to steric restrictions (two molecules are required). On the other
hand, oligomerization-cracking mechanism is expected to be
unfavourable under a high hydrogen partial pressure due, firstly,
to the dilution of the reactant and, secondly, to the hydrogena-
tion of the alkenes generated in the cracking by (3-scission. The
global effect should explain both the increase in cracking activity
and the increase in the yield of alkenes over that corresponding
to hydrogen-free cracking as determined in literature [7].

The aim of this paper is to propose a kinetic model for the
cracking of naphthenes, which is carried out with hydrogen in the
reaction medium (protolytic- and (3-scission in the presence of
hydrogen). Methylcyclohexane (MCH) has been taken as model
reactant since the reactivity of this compound is similar to other
naphthenes in catalytic cracking while HZSM-5 zeolite exhibit
enhanced selectivity of Co; n-alkanes [16]. Besides, the pro-
posed kinetic model can be regarded as a tool for understanding
the mechanisms of scission in hydrocracking conditions over
the acid sites.

2. Procedures
2.1. Catalyst

The catalyst has been prepared from a HZSM-5 zeolite pro-
vided by Zeolyst International in ammonia form, with an atomic
ratio Si:Al=15 (8i0,:Al;03 =30; Na;O =0.05 wt%). The zeo-
lite (25 wt%) was agglomerated with: (i) bentonite (30 wt%)
as binder (montmorillonite-type clay without catalytic activ-
ity), which provides the agglomerate with mechanical resistance
to abrasion, attrition and erosion, for withstanding the high
pressures required during reaction, and (ii) an inert charge of
a-Al, O3 (Merck) (45 wt%) to increase the stability of the crys-
tal array and thermal conductivity. The agglomeration provides
the catalyst with particle mesopores corresponding to the ben-
tonite and alumina, and also macropores or cavities between the
microparticles of the individual components. The final catalytic
particles have been obtained after humid extrusion, drying (24 h
at 120°C), sieving in the 0.15-0.30 mm range and activation
through calcination (3 h at 550 °C), in order to attain a suitable
control of dehydroxylation by creating the acid sites (Bronsted
and Lewis) responsible for cracking. The selection of a low Si:Al
atomic ratio in the original zeolite gives way to a zeolite with
high acidity, as required in severe ring-opening [6,8].

The main physical properties of the catalyst, measured
by Ny adsorption—desorption in a Micromeritics ASAP 2010
apparatus are: BET surface area, 220 m? ge~'; pore volume,
0.092 cm? gcat’l; micropore volume, 0.040 cm? gcaF]. Total
acidity, measured by TPD of ammonia (in a Setaram TG-DSC
111 equipped on-line with a Balzers Quastard 422 mass spec-
trometer) at 150 °C is 175 wmolny3 gcat_l, which coincides
with that obtained with the same equipment by combining the
thermogravimetric and calorimetric measurements of NHj3 dif-
ferential adsorption [17,18]. This latter technique also records
a uniform distribution of acid sites with an average strength
of 152 (mmolny3)~!. The Bronsted to Lewis acid site molar
ratio, obtained in a FTIR spectrophotometer (Nicolet 740 SX),
from the vibrational bands of adsorbed pyridine at 1547 and
1453cm~! at 150°C, is 2.62.

2.2. Reaction and analysis equipment

The reaction unit (Fig. 1) may operate up to 100 bar and
500 °C and has the following components:

(i) Gas feeder. With four individual lines (0—100 bar) provided
with an anti-return valve, a cut valve and a mass flow-meter
(Bronkhorst High-Tech B.V.) actuated by a PID controller.
The four lines end in a line supplied with a pressure meter
(EL-PRESS; Bronkhorst High-Tech B.V.).

(ii) Liquid feeder. The liquid reactant is stored in a 500 mL
vessel and is fed by a piston pump (Gilson 307) provided
with a 5SC head. This system allows for operating with
flow-rates between 0.010 and 5 mL min™', up to a pressure
of 600 bar and temperatures in the 0—40 °C range.

(iii) Reactant mixer and preheater. The gas and/or liquid feeds
are mixed and preheated by convection in an electric oven
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Fig. 1. Scheme of the reaction equipment. Keys: FC: flow controller; PC: pressure controller; TC: temperature controller, LC: level controller; GC: gas chromatograph.

(iv)

)

(vi)

provided with a K-type thermocouple and a PI temperature
controller.

Reactor. The reactor is a downflow fixed bed consisting of a
stainless steel cylindrical tube with 8 mm internal diameter
and 303 mm height. The catalyst is supported on a porous
plate (Incoloy) of 2 mm thickness placed at 128 mm from
the base of the reactor. The feed at the inlet is regulated by a
Valco valve. Temperature is measured with a K-type ther-
mocouple connected to a PID controller, which operates
the resistances placed in the reactor jacket.

Product analysis. The products that leave the reactor pass
through a filter and subsequently through a six-port Valco
valve (VR2), where they fill aloop and are entrained by a N,
stream of 20 cm® min~! to a gas chromatograph (GC). The
apparatus used for analysis is a GC Hewlett Packard 5890
Series II equipped with a flame ionization detector (FID)
and a capillary column, Tracer TRB-1, filled with methyl-
silicon and of 60 m length, 0.20 mm internal diameter and
0.5 wm thickness on the wall. Given that the integrated
area obtained from the FID considers only the hydrocar-
bon stream (hydrogen is not analysed), the conversion at
the outlet has been calculated by carbon mass balances in
the reactor inlet and outlet streams. The identification of
the reaction products has been carried out with a Hewlett
Packard 5989B mass spectrometer on-line with a Hewlett
Packard 5890 Series II Plus gas chromatograph provided
with the same column as those used in product analysis.
Conditioning of the outlet stream. The heavier products
are separated in a condenser (Peltier cell) at 0 °C, which
is equipped with a level measurement device. The liquid
stream is depressurized and collected in a vessel. Depres-
surization is carried out by means of a needle valve actuated

by a PID controller and by closing the control loop with
the level meter in the Peltier cell. The gaseous stream again
enters the oven in order to be reheated and depressurized.
On this occasion, depressurization is now attained by a nee-
dle valve actuated by a PID pressure controller and the
control loop is closed by the inlet pressure meter.

2.3. Reaction conditions

Kinetic runs have been conducted under the following
conditions: temperature =250-450°C; WHSV =0.5-10.5 h!
(t=0.095-2gcat h gMCH_l); pressure = 5-80 bar; moly, mol
Mcr ! =4-79; conversion = 0—-100% (integral reactor); time on
stream (TOS)=0-7 h. The total number of runs was 356 under
178 experimental conditions. All runs have been repeated in
order to attain suitable statistical significance.

2.4. Parameter estimation

The products detected in MCH transformation have been
grouped into methane, Cy, n-alkanes, isoalkanes, cycloalka-
nes (excluding MCH) and aromatics. The main compounds of
each lump (excluding methane) are: Co, n-alkanes; propane and
ethane. Isoalkanes; isobutanes and isopentanes at 350 °C and
isohexanes at 250 °C. Cycloalkanes; methyl and ethylcyclopen-
tanes. Aromatics: toluene, benzene and xilenes.

The use of lumps of components is a well-known procedure
in the cracking processes when the aim is to obtain a kinetic
model for use in the reactor design [19]. The kinetic models
obtained using lumping have a good balance concerning rigour
and simplicity, and are useful for predicting the main effects of
operating variables on the interesting products, which are those
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that quantify their quality and properties of the products [20].
Moreover, the number of kinetic constants is limited and, hence,
they can be accurately calculated. It is noteworthy that, under
the conditions studied, no alkenes are detected in the product
stream, which is evidence of the hydrogenating capacity of the
HZSM-5 zeolite [21].

In order to close the mass balance, the mass flow-rate of
hydrocarbons at the outlet (Qﬁg‘) has been considered to be
higher than that at the inlet (QL“C) due to the incorporation of
H; into the stream. The experimental value of parameter § has
been used to consider this fact:

_on

o

ey

The yield of the i product (¥;) has been defined as the ratio
between the mass flow-rate of such i product and the mass flow-
rate of MCH in the feed, corrected for the incorporation of Hy
into the hydrocarbon stream with the parameter mentioned above

5):

o ®)

i = -
(mmcn)o

The conversion of MCH has been calculated by the sum
of the yields of products (every compound detected in the GC
except MCH) while the selectivity of each i product is the ratio
between the corresponding yield and the sum of product yields.
The cracking mechanism ratio (CMR) index has been used to
quantify the significance of protolytic cracking over the com-
plete reaction mechanism, and this parameter is calculated as
follows [4,22]:

Yc, + Ye,
Yic,

CMR = 3)

where Y; are the yields of C; (methane), C, (ethane) and iCy
(isobutane). The formation of methane and ethane is attributed
to protolitic-scission of a carbonium ion (RH;*) while the
production of isobutane comes mainly form isomerisation/[3-
scission of a carbenium ion (R"), thus CMR is a ratio which
compares the incidence of monomolecular over bimolecular
cracking.

The kinetic constants, the activation energies and the reaction
orders have been calculated by fitting the experimental con-
centrations x; to the values calculated by numerical integration
of differential rate equations using Matlab R14 routines. The
numerical integration of these equations has been carried out by
using ode15s and ode45 codes, while the minimization of errors
by the Isqcurvefit function, which uses the large-scale algorithm,
subspace trust region method based on the interior-reflective
Newton method, to solve nonlinear curve-fitting problems in
the least-squares sense:

Nexp
SSR = " (Feate(k, i) — Fexp)’ )
i=1

3. Results and discussion
3.1. Previous analysis of data

The low catalytic activity of the agglomerate and inert mate-
rial has been checked under the same reaction conditions used
with the catalyst based on HZSM-5 zeolite. The conversion of
MCH is lower than 1% under the more severe conditions, due
to the low concentration and strength of the binder acid sites,
measured by NH3-DSC (concentration <50 pmolng3 gcat_l and
strength <40J mmolNH3_1).

An analysis of the effect of certain operating conditions char-
acteristic to ring-opening has been carried out in order to shed
light for the proposal of a kinetic scheme. Fig. 2 shows the effect
of hydrogen partial pressure on the conversion of methylcyclo-
hexane, for different values of space time. Although the total
pressure (sum of MCH and hydrogen partial pressure) increase
together with the hydrogen partial pressure, the results reported
here are analogous to the ones using the same total pressure and
increasing hydrogen partial pressure (adding an inert gas) as we
reported earlier [16].

The results presented in Fig. 2, corresponding to 350 °C, show
that hydrogen promotes ring scission rate, i.e. as hydrogen partial
pressure is increased, so do the rates of endocyclic cracking and
those of exocyclic cracking and isomerization, being reflected in
ahigher yield and selectivity concerning methane, Co, n-alkanes
and, especially, isoalkanes.

As is observed in Fig. 2, 100% conversion is reached for
WHSV=1h"! (on the basis of pure zeolite; WHSV =4h7!
under a hydrogen partial pressure higher than 39 bar. This result

100

80
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40

Conversion (%)

20

0.0 0.5 1.0 1.5 2.0

Space time, t (g_, h g;,,)

Fig. 2. Effect of hydrogen partial pressure on the evolution of conversion with
space time. Pvcy = 1 bar, P = Pyicu + Pu,, 350°C.
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Fig. 3. Evolution of conversion and selectivity with space time. Pycy = 1 bar,
Py, = 39bar, 350°C.

is evidence of the high activity of the acid catalyst under the
reaction conditions studied.

Furthermore, an increase in hydrogen partial pressure implies
weakening the dehydrogenation steps responsible for aromatic
formation. In this case, despite toluene is formed in a small
amount, this react further over the HZSM-5 zeolite to form ben-
zene and xylenes by disproportionation [23,24]. These results
were confirmed previously for PyGas hydrodearomatization and
required considering the hydrogen concentration in the differ-
ential rate equations of the kinetic model [25].

The evolution of MCH conversion and selectivity (or mass
fraction of each product by mass unit of total products) with
space time is shown in Fig. 3, using the following conditions:
350°C and 40 bar. At the reactor inlet (7 <0.1 gcatthCH_l),
two reactions of MCH transformation are combined: Isomeriza-
tion and endocyclic cracking. Consequently, the selectivity to
cycloalkanes (dimethyl-cyclopentane and ethyl-cyclopentane)
and to alkanes increases very rapidly. When temperature is
sufficiently high (as that corresponding to Fig. 3) the forma-
tion of n-alkanes is very rapid and, together with non-reacted
MCH, they are the main components in the stream. The
cycloalkanes coming from isomerization continuously undergo
endocyclic scission up to a space time of 1.5 gcatthCH’l,
whereas the formation of aromatics by dehydrogenation peaks
at 7=0.5geath gMCH_l-

Although the yield of each lump does not change signifi-
cantly for high space time values (>1.0 g¢och gMCH_l), under
the conditions studied in Fig. 3, the average molecular weight
of each lump does change as a consequence of secondary
and tertiary cracking. Hence, methane selectivity increases as
space time is increased, and this effect is more evident at
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Fig. 4. Effect of hydrogen partial pressure on the evolution of CMR index (Eq.
(1)). Pmcu = 1bar, 350°C.

higher temperatures (>350°C) due to the enhanced dealkyla-
tion (also called exocyclic cracking) of alkylcycloalkanes and
Haag-Dessau cracking. It is worth mentioning that the thermal
cracking, responsible for the formation of methane under unit
FCC conditions, has a very low impact on this formation in the
present study [26,27].

In order to analyse the importance of Haag-Dessau cracking,
Fig. 4 shows the evolution of CMR (calculated using Eq. (3))
with space time for different hydrogen partial pressures. This fig-
ure shows a high value of CMR index at lower space time values,
which is more remarkable under low hydrogen partial pressures.
This result confirms that the predominant reaction under low
cycloalkane conversion is dealkylation of methyl- and ethyl-
cycloalkanes to produce methane, ethane and non-substituted
cycloalkanes via protolytic cracking (the intermediates required
for 3-scission to produce methane and ethane are very unstable).
As hydrogen partial pressure is decreased, the dealkylation step
is enhanced, as happens when temperature is decreased. The
minimum in CMR shown in Fig. 4 (at 7=0.6 gcac hgmen !,
specially for Py, = 39 bar) is a result of the maximum yield of
isobutene. At space time values higher than 0.6 g¢y h gMCH_l,
dealkylation is less important, due to the smaller concentration
of cycloalkanes, and protolytic cracking and cracking by exo-
cyclic scission are favoured (isobutane yield decrease as a results
of its cracking). Thus, both mechanisms seem to be favoured in
the cracking with hydrogen, given that carbonium ion formation
is favoured and hydrogenation of alkanes formed by [3-scission
of carbenium ions activates this mechanism.

A further favourable circumstance of ring-opening with
hydrogen is the insignificant deactivation of the catalyst by coke,
which is a result of the hydrogenation of coke precursors and
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Fig. 5. Kinetic scheme proposed for the ring-opening of methylcyclohexane on HZSM-5 zeolite.

minimization of their condensation steps [28,29]. There is only
slight deactivation under conditions of high temperature, low
space time and low hydrogen partial pressure. Under these condi-
tions, for the initial 2 h time-on-stream the small coke deposition
affects the strongest acid sites of the catalyst. In order to avoid
the effect of deactivation under these specific conditions, the
experimental results used in the kinetic modelling have been
obtained with the equilibrated catalyst, subsequent to this initial
period of very low deactivation avoiding more severe conditions
where coke formation is not neglectable and methane (inert dur-
ing steam cracking and hence, a not desired product) yield is
substantially higher.

3.2. Proposed kinetic model

The kinetic scheme proposed (Fig. 5) is based on the one
proposed by Cerqueira et al. [11,12] and recently verified by
Caeiro et al. [30] for MCH cracking without hydrogen. The
steps of isomerization of cycloalkanes and disproportionation
of aromatics were not considered in the model, as neither them
takes part in the steps involved in the formation of isoalkanes
and Cpy n-alkanes. This is based on the similar reactivity of
cycloalkane isomers over the acid sites of the zeolite [31,32].
Furthermore, the lump of aromatics is made up of molecules
that are very non-reactive due to their resonance energy.

The mass fraction of each lump in the kinetic model (x;)
has been taken as the variable to fit. This concentration is that
corresponding to the whole stream, including hydrogen. The
hydrogen mass fraction is calculated from the global mass bal-
ance, according to the initial partial pressure of this compound.
The differential equations quantifying the mass fraction varia-
tion of each lump (Fig. 5) along the reactor are:

dx

dirc = —kixc + kaxaxfy, — kaxcxfy, — kaxcxyy, — ksxcxy,
(5

dxl

ol kgxcxﬁz — k5x1xﬁ2 — k6x1xﬁ2 (6)

dxp

E = k4xcxﬁ2 + k5x1xf’f12 - k7xpxﬁ2 )

dx

d—jl = k6x1X1°f12 + kgxcxfi‘h + kngxﬁ2 8
dxA

; = k]XC — kzxAx‘f_‘Iz - k9xAx%2 (9)

where the subscripts correspond to: C: cycloalkanes; I: isoalka-
nes; P: paraffins or Cy, n-alkanes; M: methane; A: aromatics;
H»: hydrogen. The effect of hydrogen partial concentration in
the rate expressions has been considered with an order («). This
value was initially considered as a fitting-parameter. The calcu-
lation has been carried out by reparameterization of Arrhenius
equation in order to consider the effect of temperature in the
kinetic constants.

3.3. Kinetic constants

The differential equations were initially solved as expressed
in Egs. (5)—(9), however k3, k7 and k9 show no relevance (low sig-
nificance) in the prediction of the reaction yields and conversion.
The exclusion of these constants is also a consequence of the
aforementioned results: (i) the rate of formation of cycloalkanes
from aromatics (k) can be ignored; (ii) Co4 n-alkane protolytic
scission to form methane (k7) is neglectable at mild conditions;
(iii) aromatic dealkylation (ko) is not important as disproportion-
ation of toluene to form benzene and xylenes is more favourable
over an HZSM-5 zeolite (reaction not considered since it
does not affect the global hydrogenation rate). According to
these results, Table 1 summarizes the more significative kinetic
constant values (k1, k3—kg, kg) at 390 °C, pre-exponential factors
and the activation energies of the steps described in the reaction
scheme (Fig. 5). The residual sum of squares of the regression
(SSR) is 0.188 and the variance 1.49 10~*. The value of the F
(Fisher) sampling distribution for the global fitting is 576, and
the critical value (Fc) is 2.18, at a 95% confidence interval.

The reaction order for hydrogen (&) was a fitting variable in
the first calculations, then based on the trend in results, a value
of =2 has been taken, which simplifies the model and pro-
vides a physical meaning to it. Raiche et al. [7] demonstrated
that at more elevated hydrogen concentration that the ones stud-
ied here (100bar) the rate of ring-opening is decreased as a
result of lowering the concentration of MCH inside the zeolitic
pores.
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Table 1

Kinetic parameters for ring-opening of MCH (« =2)

Reaction k?go“c kl(.) Ea; (kJ/mol)
out

ki 0.83+£0.03 gg“ylh (1.94£0.06) 10! 144 £+ 3

(g(\ul)3
ks 89402 (2.99 4 0.07) 101° 121+ 1
gHzgcath

( oul)3

ks 253404 f“y (5.00+£0.08) 10! 130 £+ 1

gHngﬂlh

( ou|)3

ks 0.38 £ 0.07 f"y (1.3240.26) 108 106 + 4
gHchmh
@’

ke 0.07+001 ; - (2.554+0.23) 1013 185+ 6
Hy cat
( oul)3

ks 0.24 +0.07 gf“; - (5.804+0.45) 101 22049
Hy cat

The ring scission of cycloalkanes to produce C;; n-alkanes
(ka) seems to be the fastest reaction at 390 °C, considering that
under these conditions the predominant mechanism of cracking
is the bimolecular one [15] and this route yields mainly isoalka-
nes (most stable intermediate carbocation during 3-scission and
isomerization). This result is a consequence of the lower activa-
tion energy during conversion of isoalkanes into Cy, n-alkanes
(Eas) which leads to an apparent-faster k4 reaction.

The apparent activation energies of the two steps which yield
methane (Eag and Eag) have the highest values among the reac-
tions involved. Taking into account that methane is formed
through protolytic cracking (no thermal cracking involved in
our conditions), this result coincides with the general concern
that monomolecular cracking has higher activation energy value
compared to bimolecular cracking [14,33].

To proof whether the fitting is satisfactory and the kinetic
model is able to faithfully predict the distribution of products
in the whole range studied, Fig. 6 shows the results of the fit-
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Fig. 6. Comparison of calculated and experimental results for the lump concen-
trations in the ring-opening of MCH.

ting (partition diagram) between the calculated and experimental
concentrations for the lumps of the kinetic scheme in Fig. 5.
According to this result the accuracy of the predicted values of
concentrations appear greatly satisfactory.

3.4. Simulation of the reactor

The kinetic model obtained, from Eqgs. (5)—(9) and the results
summarized in Table 1, has been used in the simulation of
the reactor (code in Matlab R14). Fig. 7 compares the results
of stream composition (excluding hydrogen) calculated with
the kinetic model provided with the parameters of best fitting
(lines) and the experimental results (points). These results cor-
respond to given experimental conditions (space time values in
the 0-2 gcach gMCH_1 range, 400 °C and Py, = 59 bar) and are
an example of the suitable fit in the whole range of experimental
conditions used in this study.

Using the above-mentioned routine for simulation, maps of
composition of the different lumps are obtained as a function
of the experimental conditions. Fig. 8 corresponds to a map
of space time—temperature when the remaining conditions are
fixed to Py, = 39 bar, PycH =1bar. The optimal conditions
aimed at the production of a synthetic steam cracker feed-
stock (high concentration of C,, n-alkanes and low of methane
and aromatics) are: ca. 420°C and 7>1.0 gcatthCH_l, and
when a suitable gasoline pool feedstock (mainly constituted by
isoalkanes) is the target, the best conditions are: 340 °C and

7>2.0gcath gMCH7] .
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Fig. 7. Comparison of composition results (mass fraction in the hydrocarbon
stream, excluding hydrogen) calculated using the kinetic model (lines) with the
experimental ones (points). 400 °C, Pyvicy = 1 bar and Py, = 59 bar.
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Fig. 8. Effect of temperature and space time on the composition (weight percent in the hydrocarbon stream; wt%) of the different lumps: Graph a, methane. Graph

b, Cy, n-alkanes. Graph c, isoalkanes. Graph d, aromatics.

Moreover, the simulation allows for checking whether the
model has the ability to faithfully predict the effects of pro-
cess variables on MCH hydroconversion and selectivity, i.e. the
experimental observations are described in the values of the con-
stant. Hence the results of the constants given in Table 1 can be
linked with: (i) methane is only formed only under high space
time and temperature values (Fig. 8a). (ii) Co4 n-alkanes are
produced mainly at low values of space time, especially at tem-
peratures higher than 350 °C (Fig. 8b), and increasing the space
time does not lead to a remarkable increase in C,, n-alkane
yield. (iii) Isoalkane concentration peaks at intermediate val-
ues of temperature and high values of space time (Fig. 8c). (iv)
The aromatics are due to dehydrogenation by an irreversible and
rapid reaction (Fig. 8d). At temperatures above 430 °C and space
time values higher than 0.4 g¢, h gMCH_l, the concentration of
aromatics remains constant along the reactor.

4. Conclusions

The kinetic model proposed for methylcyclohexane ring-
opening over a HZSM-5 zeolite-based catalyst considers the
particular circumstances in the cracking attributable to the high
concentration of hydrogen in the reaction medium. Hydro-
gen concentration severely affects conversion and selectivity
towards ring-opening products, due to the enhancement of both
cracking mechanisms (classic B-scission and protolytic crack-
ing) by the faster hydrogenation of the alkenes generated and
by carbonium ions, respectively. Hence, hydrogen concentra-

tion has been considered in the individual cracking steps of the
reaction scheme with a second order reaction.

It is noteworthy that kinetic model parameters have been
obtained by operating in a wide range of experimental con-
ditions and faithfully considering the particularities of the
ring-opening in the presence of hydrogen process that occurs
without deactivation by coke. Furthermore, the irrelevance of
dealkylation—hydrogenation of aromatics and cracking of Co4
n-alkanes has been proven. Amongst the experimental observa-
tions in the ring-opening of MCH, the kinetic model proposed
includes: (i) methane is formed only under severe conditions
of temperature and space time; (ii) Cp4 n-alkanes are formed
for low values of space time and do not change significantly
along the reactor at temperatures higher than 400 °C; (iii) the
isoalkane yield reaches a maximum at intermediate tempera-
tures and space time values; (iv) the formation of aromatics is
rapid (for > 0.4 h and 400 °C) and irreversible.

The model proposed is also valid as a basis for the kinetic
modelling of ring-opening of more complex naphthenic feed-
stock, such as the streams obtained in the hydrogenation of
pyrolysis gasoline (PyGas), light cycle oil (LCO) in FCC units
or other refinery aromatic streams.
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